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Catalytic partial oxidation (CPO) has potential for producing hydrogen that can be fed to a fuel cell for
portable power generation. In order to be used for this purpose, catalytic partial oxidation must be com-
bined with other processes, such as water-gas shift and preferential oxidation, to produce hydrogen with
minimal carbon monoxide. This paper evaluates the use of catalytic partial oxidation in an integrated
system for conversion of a military logistic fuel, JP-8, to high-purity hydrogen. A fuel processing system
using CPO as the first processing step is simulated to understand the trade-offs involved in using CPO. The

Iéz{:;;;(is;:arti al oxidation effects of water flow rate, CPO reactor temperature, carbon to oxygen ratio in the CPO reactor, temperature
Hydrogen of preferential oxidation, oxygen to carbon ratio in the preferential oxidation reactor, and temperature for

Fuel reforming the water-gas shift reaction are evaluated. The possibility of recycling water from the fuel cell for use in

JP-8 fuel processing is evaluated. Finally, heat integration options are explored. A process efficiency, defined as
the ratio of the lower heating value of hydrogen to that of JP-8, of around 53% is possible with a carbon to
oxygen ratio of 0.7. Higher efficiencies are possible (up to 71%) when higher C/O ratios are used, provided
that olefin production can be minimized in the CPO reactor.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Polymer electrolyte membrane fuel cells (PEMFCs) offer signif-
icant potential as portable power sources. In particular, the United
States military is considering them as replacements for batteries,
since battery power density and lifetime are often not ideal. PEM-
FCs operate by reacting hydrogen and oxygen to generate electricity.
However, hydrogen is difficult to store and transport, so PEMFCs are
likely to be powered by liquid fuels, where the liquid fuels are first
converted to hydrogen before being fed to the fuel cell.

Converting liquid fuels to high-purity hydrogen is a significant
technical challenge, as discussed by a number of authors [1-6].
Sulfur must first be removed from the fuel, since the noble metal
catalysts used in the conversion process are susceptible to deacti-
vation by sulfur. Next, the fuel must be reformed to make hydrogen.
This reforming step can be achieved by steam reforming, autother-
mal reforming, or catalytic partial oxidation [7]. The reformed
stream contains a high concentration of carbon monoxide, which
must be removed before feeding to the fuel cell. A first step to
accomplish this is the water-gas shift reaction, which reacts carbon
monoxide and water to make carbon dioxide and hydrogen. The car-
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bon monoxide concentration is still too high following this reaction,
so selective oxidation is next used to oxidize carbon monoxide to
carbon dioxide.

Catalytic partial oxidation (CPO) at short contact times has been
proposed as an efficient means for producing hydrogen from alco-
holand hydrocarbons [8-12].In this process, fuel and oxygen are fed
to a noble metal catalyst at high flow rates. The catalyst is initially
heated to ignite the reaction; reaction then proceeds autothermally,
where the heat from surface oxidation reactions allows further
reaction to occur. Running CPO in this fashion offers several advan-
tages. A high production rate of hydrogen is achieved from a small
catalyst bed. In addition, hydrogen can be produced almost on
demand. Finally, there are no additional heating requirements.

While CPO appears attractive for portable power generation
applications, there may be trade-offs for using it. For example, if no
water is added to the feed stream of CPO, more carbon monoxide
is formed compared to other reforming processes. This will require
more intense downstream processing to clean the hydrogen for use
by the PEMFC. This paper evaluates the use of CPO in an integrated
system for generation of high-purity hydrogen for a PEMFC from a
military logistic fuel, JP-8. A fuel processing system using CPO as
the first processing step is simulated to understand the trade-offs
involved in using CPO. The effects of water flow rate, CPO reactor
temperature, carbon to oxygen ratio in the CPO reactor, temperature
of preferential oxidation, oxygen to carbon ratio in the preferential
oxidation reactor, and temperature for the water-gas shift reaction
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Fig. 1. Flowsheet for JP-8 reforming process.

are evaluated. The possibility of recycling water from the fuel cell
for use in fuel processing was evaluated. Finally, heat integration
options were explored.

2. Simulation methods

A number of previous studies have simulated fuel processing
systems to convert alcohols and hydrocarbons to hydrogen to power
a fuel cell [13-16]. Of these simulations, only the work by Ahmed
and Krumpelt looks at the potential of CPO for fuel reforming [14].
That work uses stoichiometry and thermodynamics to compare
different fuel processing methods (autothermal reforming, steam
reforming and catalytic partial oxidation); it does not model the
individual fuel processing steps in detail nor does it look at the
interplay between those steps. This study focuses on CPO, and in
particular how the choice to use CPO as the first step in fuel reform-
ing affects the downstream processing steps. The chemical process
simulator, ChemCad, was used to model fuel processing of JP-8 to
fuel cell-grade hydrogen.

2.1. Process flowsheet and design basis

Fig. 1 shows the base case process flowsheet for the fuel pro-
cessing system modeled in this work. In this process, the fuel (JP-8)
is vaporized and mixed with air. This combined feed is fed to the
catalytic partial oxidation reactor, where the fuel is converted to a
stream primarily comprised of syngas (CO and H;) with some CO,
and H, 0. The products of the catalytic partial oxidation reactor are
mixed with steam, cooled, and fed to a reactor in which the water-
gas shift reaction is run. This reactor removes CO from the process
stream while producing additional H;. The third reactor oxidizes
the remaining CO to CO, to reach a CO concentration of 10 ppm,
which would be suitable for a PEMFC.

To simulate JP-8, a mixture of hydrocarbons was assumed. The
JP-8 surrogate mixture reported by Sarofim et al. was used [17]. This
mixture is composed, by volume, of 10% isooctane, 20% methyl-
cyclohexane, 15% m-xylene, 30% n-dodecane, 5% tetralin, and 20%

n-tetradecane, and was developed to closely match the distillation
curve and sooting propensity of JP-8. This mixture has a molecular
weight of 133.048, and an H/Cratio of 1.91, and can be approximated
as Cg 57H1g.27.JP-8 was assumed to be sulfur-free, since sulfur would
poison the catalytic partial oxidation reactor. An upstream sulfur-
removal process would be needed to achieve the simulated feed,
but this process was not modeled in this work.

A primary design variable was the carbon to oxygen (C/O) ratio
fed to the CPO reactor. This is defined as the ratio of carbon atoms
to oxygen atoms in the feed.

The process was designed to supply a PEM fuel cell with suf-
ficient hydrogen so that it can produce 1kW of energy. For this
power requirement, a H, flow rate of ~12-13 standard liters per
minute (SLPM) to the fuel cell was required and was the basis
for design. This corresponded to a hydrogen molar flow rate of
~0.033kmol h~1. The primary design constraint was to produce
this flow rate of H, with less than 10 ppm CO. The amount of water
in the feed to the PEMFC was not a consideration. To achieve the
specified H, flow rate and purity, the size of the reactors and the
water flow rate were changed.

2.2. Hydrogen yield and process efficiency

The hydrogen yield was calculated from the ratio of hydrogen
produced by the process to the total amount of hydrogen fed to the
process, both in JP-8 and as water. The equation used is

iy (1)

Yy, = ———=——
Fu,00 + Fjp-80

2
where Yy, is the yield of Hy, Fy, is the molar flow rate of H; at
the exit of the process, Fy, oo is the molar flow rate of H>0 into the
process, and Fjp_g, is the molar flow rate of H, contained in JP-8 that
is fed the process.

The fuel processor efficiency was calculated to compare differ-
ent process conditions. The efficiency was calculated from the ratio
of the lower heating value of the hydrogen produced by the process
to the lower heating value of the JP-8 fuel fed to the system.
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2.3. Reactors and reaction kinetics

The reactor design and integration of reactors to achieve the
required hydrogen flow rate and purity were the primary con-
siderations in this work. The CPO reactor was difficult to model,
since experimental kinetics for CPO of higher hydrocarbons were
not available. Instead of using a kinetic model, the reaction was
assumed to achieve chemical equilibrium. The Gibbs reactor unit
operation in ChemCad was used, which minimizes the Gibbs-free
energy in order to calculate outlet composition from a given inlet
composition and reactor temperature.

The validity of assuming chemical equilibrium was checked by
comparing the results of the Gibbs reactor for hexadecane and
decane partial oxidation (C/O ratio=0.6 for hexadecane and C/O
ratio=0.8 for decane) at 970 and 790°C, respectively, with the
experimental results reported from the Schmidt laboratory [18]
for the same conditions over a Rh-coated monolith. For both the
equilibrium calculation and the experimental results, oxygen was
completely converted. Equilibrium calculations predicted essen-
tially complete conversion of the fuels, while the experimental
results predicted 95% conversion for decane and ~99% conver-
sion of hexadecane. The equilibrium calculations overpredicted
selectivities to H, and CO for both fuels while underpredicting
selectivities of H,O and CO,. This difference is less when hexade-
cane was the fuel, possibly because the higher temperature allowed
reaction to get closer to equilibrium. The equilibrium model pre-
dicted a few hundred ppm methane, while experimentally methane
was not detected. The major difference between the equilibrium
model and the experimental data was that experimentally, the
selectivity to olefins (defined as the atoms of carbon present in
olefin products divided by the total number of carbon atoms present
in all products) was ~5% for either fuel, while the equilibrium cal-
culations predicted no olefin formation.

Although there are differences between the experimental data
and the equilibrium predictions, the assumption of chemical equi-
librium in the catalytic partial oxidation reactor is not a bad one.
This assumption gets worse as the carbon to oxygen ratio gets larger
because more olefins are formed experimentally (as much as 80%
at high carbon to oxygen ratios), so the simulation was limited to
fuel to oxygen ratios of 0.7 for the base case simulations.

The temperature for the CPO reactor was assumed to be the
value reported by Krummenacher et al. for catalytic partial oxida-
tion of hexadecane (1273 K for a C/O ratio of 0.7 and a total flow rate
(hexadecane, oxygen, and nitrogen) of 2 SLPM) [18]. Pressure drop
was not considered. The catalyst was assumed to be a Rh/Al;,03
monolith. The reactor volume was found by scaling up the reac-
tor reported in the Krummenacher paper, maintaining the same
residence time.

The water-gas shift (WGS) reactor in the model employed a
commercial Cu/ZnO/Al, 03 catalyst. The catalyst bulk density was
assumed to be 1.2 gcm™3. Reaction kinetics reported by Choi and
Stenger were used [19]. The empirical rate law they derived was of
the form:

- Py, P
rco = 2.96 x 10%exp (%) <PCOPH20 ~ H;(e;:oz) )

where rco was the rate of reaction of CO in moles(gcath)~1, R is
the gas constant in J(molK)~!, T is the temperature in K, and Keq
is the water-gas shift reaction equilibrium constant. All pressures
were in atm.

The equilibrium constant was related to T (in K) by the following
equation [20]:

4577.8
T

Keq = exp ( - 4.33) 3)

The WGS reactor was generally assumed to be isothermal at
200°C. A few simulations were run at different temperatures to
determine the effects of temperature on the WGS reactor.

For the preferential oxidation (PROX) reactor, the catalyst was
assumed to be a commercial Pt-Fe/y-alumina catalyst. Catalyst
bulk density was assumed to be 1.2gcm—3. Reaction kinetics
reported by Choi and Stenger were used [21]. Their empirically
determined kinetics included three separate rate laws to model
selective oxidation of CO: CO oxidation, H, oxidation, and the water-
gas shift reaction. The rate laws used for these three reactions are
as follows:

33,002

) , 0.5p-0.1

—r1 = 3.528 x 10%exp (T) Po,Peo 4)
B 18,742\ g5

1y = 2.053 x 10exp (T) PY; %)

—34,101 Pco, Py
3 )
—I3 = 4.402 x 10 exp (T) (PCOPHzo — Kzeqz> (6)

where ry is the rate of CO oxidation, r, is the rate of hydrogen oxi-
dation, and r3 is the water-gas shift reaction rate. All rates are given
in moles(gcath)~!, and activation energies are given in J. Eq. (3)
was used to calculate Keq as a function of temperature.

2.4. Heat and mass transfer resistances

Heat and mass transfer resistances, either internal or external
to the catalyst, where not explicitly accounted for in any of the
three reactors. The CPO reactor likely operates under external mass
transfer control due to the extremely high reaction rates at the tem-
peratures of operation. As discussed above, CPO under autothermal
conditions approaches equilibrium at a low enough fuel to oxygen
ratio (high enough reaction temperature), so mass transfer resis-
tances are implicitly accounted for by using equilibrium to predict
the output of the partial oxidation reactor.

The assumption of no transfer limitations in the WGS reactor is a
reasonable one if the catalyst size is small enough. Choi and Stenger
suggest that the effectiveness factor for a commercial Cu/ZnO cat-
alyst is greater than 0.95 when the catalyst is less than 2 mm [19],
so an assumption of no internal mass transfer limitations requires
the catalyst to be less than 2 mm.

3. Simulation results and discussion
3.1. Base case

A base case simulation was run with the process conditions
shown in Table 1. The results of this simulation are shown in
Table 2. Not shown in this table are the minor product flow rates
or the nitrogen flow rate. As seen in this table, the CPO reactor pro-
duces mostly CO and Hy, with some CO, and H,0. A small amount
(1 x 107 kmol h~1) of methane was produced in the CPO reactor,

Table 1
Base case conditions for fuel processor simulation

Parameter Base case value

JP-8 flow rate 0.00349 kmol h!
Water flow rate (to WGS reactor) 0.02 kmolh—!
C/O ratio (in CPO reactor feed) 0.7

CPO reactor temperature 1223.15K
WGS reactor temperature 473.15K
PROX reactor temperature 473.15K
0,/CO ratio (in selective oxidation reactor) 1.2

WGS CO outlet composition 1%
Process CO outlet composition <10 ppm
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Table 2
Simulation results for base case conditions
CPO WGS PROX
Product flow rates (kmolh~1)
Hy 0.02171 0.045327 0.044787
Cco 0.02542 0.001793 1.31E-6
CO, 0.007898 0.03152 0.033311
H,0 0.01014 0.006527 0.00349
Reactor volume (m?) 0.000043 0.0049 0.000121

but there were virtually no other hydrocarbons exiting the reac-
tor (<10~2 kmol h—1). The WGS reactor effectively doubles the flow
rate of hydrogen while decreasing the concentration of CO to under
1 mole%. The PROX reactor is necessary to further convert CO to
produce a product stream with less than 10 ppm CO. One of the
challenges in the PROX reactor is to oxidize CO without oxidizing
H,. As seen in Table 2, there is a small drop in H, flow rate in the
PROX reactor, as ~1% of the H, is converted to water. For the base
case simulation, the WGS reactor is by far the largest of the three
reactors, with a volume of 0.0049 m3. This is due to the slow kinet-
ics and to the importance of the WGS reaction in removing CO from
the CPO product stream.

3.2. Effect of water molar flow rate

The effect of water flow rate to the WGS reactor was stud-
ied, since this parameter will greatly influence the fuel reforming
process. The water flow rate was varied from 0 to 0.06 kmolh-1,
The base case constraint that the product from the WGS reactor
contained 1% CO had to be loosened for water flow rates below
0.02 kmol h—1, since at those flow rates it was not possible to obtain
1% CO. For those conditions, the volume of the WGS reactor was set
to give a product composition with the same ratio of products to
reactants (i.e. CO, x Hy/(CO x H,0) was a constant). All other base
case parameters were the same as given in Table 1.

Fig. 2 shows the volumes of the WGS reactor and the PROX reac-
tor for different water flow rates. The WGS reactor has amuch larger
volume than the PROX reactor by at least a factor of ten for all simu-
lations. Water flow rate has a large effect on the required WGS and
PROX reactor volumes. For flow rates below 0.02 kmol h~—1, the WGS
reactor volume increases while PROX reactor volume decreases as
the water flow rate increases. This is because of the constraint at
those conditions that the ratio of products to reactants in the WGS
reactor exit be the same: more water means that there must be
less CO in order for the ratio to be constant. This, in turn, means a
higher conversion of CO, which also means that the PROX reactor
must oxidize less CO, resulting in a smaller PROX reactor. It should
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Fig. 2. Reactor volumes for different water flow rates.
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Fig. 3. Hydrogen yield and fuel reformer efficiency as functions of water flow rate.

be noted that using a different constraint would result in a differ-
ent trend. For example, keeping the hydrogen flow rate exiting the
WGS reactor constant would result in lower WGS reactor volumes
for increased water flow rates. However, lower water flow rates
have limitations on how much hydrogen they can produce because
there is insufficient water available to react with CO in the water-
gas shift reaction to produce hydrogen in addition to that produced
in the CPO reactor.

For 0.02 kmol h~! and greater water flow rates, the constraint of
1% CO at the exit of the WGS reactor can be met. For those flow rates,
WGS reactor volume decreases as water flow rate increases due to
the increased reaction rate with higher water partial pressure. In
addition, the extra water dilutes the CO, so a smaller conversion
is needed to achieve the constraint of 1% CO in the WGS reactor
exhaust. The PROX reactor volume increases a little with increasing
water flow rate because of the slightly higher CO in the WGS reactor
exhaust.

Fig. 3 depicts the hydrogen yield and the process efficiency.
The hydrogen yield initially increases up to a water flow rate of
0.015 kmol h~1. This increase is due to the increased ability of the
WGS reactor to produce hydrogen. At these water flow rates, the
WGS reactor is limited by the amount of water: essentially all of the
water is converted to hydrogen. At flow rates above 0.015 kmol h—1,
the hydrogen yield decreases as the water flow rate increases. This
decrease is due to the additional water fed to the WGS reactor that
is not converted to hydrogen. If we do not consider the unconverted
water into the H, yield calculation, hydrogen yield increases up to a
flow rate of 0.02 kmol h~—1, after which it is relatively constant. The
PROX reactor, which converts H, to water in a non-selective reac-
tion pathway, has only a slight effect on hydrogen yield, generally
decreasing the H; yield by only a percent or less.

The process efficiency increases dramatically with water flow
rate up to a flow rate of 0.02 kmolh~1, after which it is roughly
constant at ~0.53. The process efficiency initially increases with
water flow rate because additional hydrogen is produced from the
extra water, but then is steady since no additional hydrogen is pro-
duced. It should be noted that the definition of process efficiency
used only considered the energy content of the hydrogen produced.
Energy inputs (for example, the enthalpy needed to vaporize water)
was not considered. The process energy balance will be discussed
in more detail later in this paper.

3.3. Effect of temperature on WGS reactor

As noted in Section 3.2, the amount of water fed to the WGS
reactor has a significant impact on that reactor’s performance. Tem-
perature could also impact the performance of the WGS reactor.
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Simulations were run at base case conditions while the temper-
ature of the WGS reactor was varied between 150 and 250°C. As
expected, increasing temperature decreased the reactor volume
necessary to reduce the concentration of CO to less than 1%: the
required volume was 0.0166 m? for a temperature of 150 °C, while
it was only 0.00456 m3 for a temperature of 225 °C. However, when
temperature was increased to 250 °C, it was not possible to reduce
the CO concentration to the desired level because of equilibrium
limitations. This is due to the less favorable equilibrium for WGS at
higher temperatures: the equilibrium constant falls from 657.5 at
150°C to 83.1 at 250°C. This analysis shows that a balance must be
found between more favorable kinetics at high temperatures and
more favorable thermodynamics (reaction equilibrium) at low tem-
peratures. A temperature of 200-225 °C appears to be the optimal
temperature.

3.4. PROX reactor

The performance of the PROX reactor for different reaction tem-
peratures, 0,/CO ratios, and water inlet flow rates was studied.
Reaction temperature was varied from 100 to 350 °C and the O, /CO
ratio was varied from 0.8 to 1.4. The water flow rate was varied as
described in Section 3.2. The impact of these changes on CO selec-
tivity (defined as moles of CO converted divided by twice the moles
of oxygen converted) and reactor volume necessary to produce a
product with less than 10 ppm of CO was studied.

Fig. 4 shows how PROX reaction temperature affects CO selec-
tivity and reactor volume for an O,/CO ratio of 1.2 and using all
base case values. As seen in this figure, reactor volume progres-
sively decreases as reaction temperature increases, reflecting the
increased reaction rate as temperature is increased. The CO selec-
tivity increases with reaction temperature up to a temperature of
275°C, above which it decreases. CO selectivity initially increases
with reaction temperature because of the higher activation energy
for CO oxidation than for H, oxidation. The decrease at high tem-
peratures is due to the inclusion of the water-gas shift reaction
[20]. At high temperatures, the reverse water-gas shift reaction
begins to be favored, which lowers the CO selectivity by con-
verting CO, and H; to CO and H,O. It should be noted that the
kinetic model we are using was only validated for temperatures
up to 300°C, so the results above 300°C may not be completely
reliable. We have included these points to determine whether
the slight decrease in CO selectivity noted from 275 to 300°C
could be expected to continue, and they show that is does. These
results suggest that higher temperatures are optimal for the given
inlet composition, with a temperature of 275 °C being the optimal
temperature.
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Fig. 5. Effect of O,/CO ratio on performance of preferential oxidation reactor.

The 0,/CO ratio has much less impact on the performance of
the PROX reactor when compared to the reaction temperature,
as shown in Fig. 5. The CO selectivity increases monotonically
with increasing O,/CO ratio, while the reactor volume required
to achieve a CO conversion of >99.9% (outlet CO composition of
<10 ppm) decreases. This trend is seen for either 200 or 275°C.
Increased oxygen in the system increases the reaction rates of
both CO and H, oxidation, leading to the lower reactor volumes to
achieve 99.9% conversion. CO selectivity changes little with 0,/CO
ratio because the dependences of CO and H, oxidation on oxygen
are the same (one-half power). It is best to operate the PROX reactor
with a high O, /CO ratio in order to give a lower reactor volume and
a (slightly) higher CO selectivity.

Water could have an impact on the PROX reactor performance
because of the inclusion of the water-gas shift reaction in the
kinetic model. The water flow rate was changed by changing the
total molar flow rate of water into the fuel reforming system, as
discussed in Section 3.2. Fig. 2 shows that the PROX reactor vol-
ume increases slightly with increasing water flow rate. This is not
due to the performance of the PROX reactor, but rather is due to
the higher concentration of CO in the feed to the PROX reactor.
When simulations were run with varying water inlet composition,
but constant CO composition, the PROX reactor volume decreased
with increasing water molar flow rate because the water-gas shift
reaction is able to convert some of the CO to CO,. The CO selectiv-
ity increased with increasing water molar flow rate, going from
0.768 at a water molar flow rate of 0.02kmolh~! to 0.844 at a
water molar flow rate of 0.06 kmol h—!. Again, this trend indicates
the influence of the water-gas shift reaction on the PROX reactor
performance. These simulations suggest that that the optimal oper-
ating conditions for the PROX reactor are with a larger water flow
rate.

3.5. Effect of catalytic partial oxidation temperature

The temperature of the catalytic partial oxidation reactor cannot
be easily varied, but is instead determined by the reactant con-
version, product selectivity, and the heat losses from the reactor.
This temperature has not been measured for JP-8 or its simulant.
For the base case solution, a temperature equal to that reported
for hexadecane catalytic partial oxidation at a C/O ratio of 0.7 was
used.

The effects of changing this temperature on the fuel reformer
performance were studied. The temperature was varied between
1173 and 1323 K. This temperature range was chosen because it
is similar to the values measured in experimental work on hex-
adecane catalytic partial oxidation [18]. As noted above, the CPO
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Table 3
Simulation results when CPO reaction temperature was varied
1173 K 1223K 1273 K 1323K
CPO product flow rate (kmolh-1)
Hy 0.0222 0.0217 0.0213 0.0210
CH4 8.01x1077 2.84x1077 1.06x10°7 4.48x10°%
Cco 0.0250 0.0254 0.0258 0.0262
CO, 0.0084 0.0079 0.0075 0.0071
H,O 0.0097 0.0101 0.0105 0.0109
WGS volume (m?) 0.0048 0.0049 0.0049 0.0049
PROX volume (m?) 1.17x10%  1.12x10* 1.12x10%4 1.12x10*
H, yield 0.818 0.818 0.818 0.818
Process efficiency (%) 0.534 0.535 0.534 0.534

temperature cannot be independently varied due to the autother-
mal nature of the reaction; however, adding diluent to the feed,
preheating the feed, and providing external heating/cooling to the
reactor can change the temperature, and would allow the tem-
perature range simulated. Table 3 shows the product composition
exiting the CPO reactor at four different CPO reaction temperatures.
It also shows the hydrogen yield, the process energy efficiency, and
the volume of the WGS and PROX reactors at base case conditions
except for CPO reaction temperature.

As seen in this table, as the temperature increases, the molar
flow rates of H, and CO, decrease and the molar flow rats of
H,0 and CO increase. Lower temperatures result in more methane
produced: the methane molar flow rate increases by more than
an order of magnitude as temperature is decreased from 1323 to
1173 K, although it is still very small. Temperature affects the CPO
product composition in the simulation by shifting reaction equi-
librium to different products. Despite the differences in product
composition exiting the CPO reactor, the WGS and PROX reactor
sizes required to meet the desired product specifications are vir-
tually the same for all temperatures. In addition, the H, yield and
the process efficiency do not change with CPO reaction tempera-
ture.

It is somewhat surprising that changes in the product com-
position following the CPO reactor have little influence on the
downstream processing, either in the volume requirements or the
process efficiency. This can be explained in two ways. First of all,
the changes in CPO product composition are small: the change in H,
and CO molar flows is only ~5% going from the lowest to the high-
est temperature. Secondly, the increased CO molar flow rate means
that the WGS reactor has more CO to convert, but the reaction kinet-
ics in the WGS reactor are faster due to higher CO and H,O partial
pressures. This results in virtually the same WGS reactor volume
for all CPO reaction temperatures.

These results suggest that CPO reaction temperature is not an
important parameter in the temperature range investigated. This
does not mean that CPO reaction temperature is always unim-
portant; on the contrary, CPO temperature is likely crucial to the
success of using CPO for a fuel reformer. Our assumption is that
reaction equilibrium is achieved in the CPO reactor, but this will
only be achieved or approached at the highest reaction tempera-
tures. Lower temperatures result in more formation of olefins and
methane, which will not be substantially converted in the rest of
the fuel reformer and represent a loss of hydrogen (loss of process
efficiency). In addition, all of the fuel will not be converted at lower
temperatures, which also results in a loss of efficiency. Running the
CPO reactor at higher temperatures, therefore, appears to be the
best option since it will ensure production of nearly all partial and
complete oxidation products, even though the selectivity to H, and
CO, may suffer at higher temperatures.

3.6. Water recycle

As shown above, water addition is critical to achieving the
desired H; production rate and purity. For practical application, it
would be desirable if additional water did not need to be carried in
order to operate the fuel reforming process. This could be achieved
if the fuel cell produced enough water to supply the water for the
water-gas shift reaction. Simulations were run to determine if this
was the case.

To simulate water recycle, the base case process flow sheet was
modified so that the products of the fuel processor were fed to a
reactor (the fuel cell) and reacted with oxygen. Following the reac-
tor, the products were condensed at 298 K and the condensed phase
was pumped to an evaporator and subsequently to the WGS reac-
tor. It was assumed that 70% of the hydrogen reacted with oxygen
in the fuel cell to form water.

The fuel processor with water recycle was simulated with a
WGS reactor volume of 0.0026 m3 and a PROX reactor volume of
1.21 x 10~4m3. All other conditions were kept the same as for the
base case simulation, except that the flow of water to the WGS reac-
tor was not varied independently since it came from the recycle
stream. In this simulation, 0.0448 kmol h~! of hydrogen was pro-
duced with a CO flow rate of 7.317 x 10~7 kmol h~'. This hydrogen
production rate resulted in a water recycle rate of 0.027 kmolh~1,
with 0.0043 kmol h—! water exiting in the non-condensed stream.
The fuel reforming process efficiency when water recycle was used
was 0.535, similar to process efficiencies without water recycle.
Wiater recycling appears feasible to provide all of the necessary
water for the water-gas shift reaction.

3.7. Heat integration

Applying CPO for fuel reforming provides several opportuni-
ties for heat integration due to the high exothermicity of CPO.
Fig. 6 shows the enthalpy changes in most of the unit operations
in the fuel reformer process for different water molar flow rates.
Not shown are enthalpy changes in pumps, which are negligible
compared to other unit operations, or the enthalpy change for JP-8
evaporation, which is constant at a value of 0.304684MJh~1.

AsseeninFig. 6, the total enthalpy change for the fuel reformer is
negative for all flow rates. The CPO reactor and the heat exchanger,
which lowers the temperature of the stream exiting the CPO reac-
tor to the temperature of the WGS reactor, release most of the
energy. The PROX reactor releases a lot of energy at low water flow
rates (—4.67 MJh~! at 0 kmol h~1), when PROX is needed to achieve
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Fig. 6. Enthalpy changes in important unit operations and for the entire fuel pro-
cessor.
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Fig. 7. Fuel reformer efficiency for different carbon to oxygen ratios in CPO reactor.

10 ppm CO. However, it releases less energy as the water flow rate is
increased because the water-gas shift reactor is capable of remov-
ing more of the CO and the PROX reactor is much smaller. The fuel
reforming process releases less energy as the water flow rate is
increased because of the higher energy inputs required to vaporize
water. Water vaporization is the largest energy sink in the process.
The enthalpy changes in the CPO reactor, WGS reactor, and the heat
exchanger are relatively constant with water flow rate.

These results show that the energy inputs required for vapor-
ization of water and JP-8 can easily be achieved using waste heat
from the CPO reaction. However, the results also show why the pro-
cess efficiency is not higher: much of the energy of JP-8 is going to
produce heat, not hydrogen.

3.8. Carbon to oxygen ratio of feed to CPO reactor

The process efficiencies for the base case simulations are not
particularly high. This is due, in large part, to the large amount of
oxygen fed to the CPO reactor that results in complete oxidation
products. Clearly, one way to address this issue is to change the
carbon to oxygen ratio in the feed to the CPO reactor. The reforming
system was simulated with different carbon to oxygen ratios fed to
the CPO reactor. To accomplish this, the JP-8 flow rate was held
constant, while the flow rate of air to the CPO reactor was changed.
The CPO reactor temperature was held constant at 1223.15K and
the water flow rate was 0.04 kmolh~!.

As the carbon to oxygen ratio was increased, the selectivities of
hydrogen and carbon monoxide increased. This meant that larger
WGS reactors were required to convert the additional CO to CO;;
however, it also led to higher process efficiencies. Fig. 7 shows the
process efficiency for different carbon to oxygen ratios. As seen in
this figure, the process efficiency increases significantly as the car-
bon to oxygen ratio increases from 0.7 to 1, but then is level upon
going from 1 to 1.1. The leveling off of process efficiency results
from the nearly identical hydrogen selectivities in the CPO reactor
at carbon to oxygen ratios of 1 and 1.1.

It should be noted that much of the process efficiency comes
from the processing steps after the CPO. Calculating the process
efficiency using the products of CPO, the efficiency is roughly half
of the ultimate process efficiency. For example, at a C/O ratio of 0.7,
the efficiency of the CPO reactor alone is 0.259, while it is 0.356
at a C/O ratio of 1.1. This is because the CPO reactor is effective at
reacting JP-8, but only is responsible for roughly half of the ultimate
hydrogen formed in the process.

While the simulations predict increased process efficiency with
increasing carbon to oxygen ratio, the situation may not be this
simple in practice. Experimental results for CPO of hexadecane and
decane show that increasing carbon to oxygen ratio results in high

selectivity to olefins [18], partly because of the lower autothermal
reaction temperatures at those conditions. Therefore, the simula-
tions over-predict the process efficiency at higher carbon to oxygen
ratios because the simulated CPO reactor does not predict extensive
olefin formation. To account for this, a simulation was performed at
acarbon to oxygen ratio of one where the product stream exiting the
CPO reactor was estimated from the experimental data reported by
Krunemacher et al. This stream was then fed to the WGS and PROX
reactors. The process efficiency for this simulation was found to
be only 0.53, as opposed to the efficiency of 0.71 predicted for the
same carbon to oxygen ratio when the CPO reactor was assumed to
reach equilibrium. The formation of olefins, therefore, lessened the
process efficiency by 0.18.

These results suggest that CPO could provide process efficiencies
over 70% if olefin production is minimized. This could be achieved
by using different catalyst formulations. In addition, addition of
steam to the CPO feed could decrease formation of olefins. It is rec-
ognized, in general, that addition of steam to the CPO feed may be
advantageous for increased hydrogen yield and decreased produc-
tion of carbon and other side products; however, steam addition
was not considered in this paper

Another factor when considering C/O ratio is the potential for
coke formation. The equilibrium model used to simulate the CPO
reactor assumed coke-free operation, and this is consistent with the
experimental results obtained by Krummenacher et al. [18]. How-
ever, there is potential for carbon formation if there is insufficient
oxygen. Shekhawat et al. reported that carbon-free operation will
be achieved in CPO for O/C ratios above 1.1 (C/O ratio less than 0.9)
[6]. Again, this suggests that while the higher C/O ratios appear
to give higher overall process efficiency, these ratios may not be
desirable because of other considerations.

4. Conclusions

Simulations show that using catalytic partial oxidation as the
first step in reforming of JP-8 to hydrogen is feasible as long as
sufficient water is fed to a water-gas shift reactor. The base case
simulation showed that 0.0448 kmolh~! H, could be produced
from JP-8 with a water flow rate of 0.02 kmolh~!, a catalytic par-
tial oxidation reactor of 0.000043 m3, a water-gas shift reactor of
0.0049 m3, and a preferential oxidation reactor of 0.000121 m3. The
water flow rate is critical to production of a CO-free H, stream:
flow rates below 0.02 kmol h~! did not produce the desired hydro-
gen flow rate, while large water flow rates led to smaller water-gas
shift reactors and slightly larger preferential oxidation reactors.
Recycling water from the exhaust of the fuel cell to the water-gas
shift reactor could allow the process to operate without an external
supply of water. In addition, heat integration allows the process to
operate without any external source of heat, since catalytic partial
oxidation provides sufficient energy to vaporize water and JP-8. A
process efficiency, defined as the ratio of the lower heating value
of hydrogen to that of JP-8, of around 53% is possible using cat-
alytic partial oxidation as the first step in JP-8 reforming. Higher
efficiencies are possible (up to 71%) when higher C/O ratios are used,
provided that olefin production can be minimized in the catalytic
partial oxidation reactor.
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